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The conventional steam-reforming (CSR) process is a major process for the production
of pure hydrogen from natural gas with CO2 as the main by-product. In this work, based
on the CSR process, several alternative H2-producing processes with CO2 capture are
simulated and analyzed. The alternative processes capture the CO2 by concentrating the
CO2 through the approaches including burning some of the separated H2 instead of CH4

in the furnace, using pure oxygen instead of air for the combustion of fuel gas, applying a
prereformer to reduce the usage of pure oxygen, and applying an H2-membrane in the
steam reformer to separate pure H2. The reactors of the CSR process and the alternative
processes with CO2 capture were simulated based on the kinetic models of the reactions.
The CSR process and the alternative processes were evaluated in terms of the thermody-
namic efficiency, the amount of high pressure (HP) H2 produced per mole of CH4, the
amount of CO2 produced per mole of HP H2, and the CO2 captured per mol of HP H2.
The efficiency penalties for CO2 capture of the alternative processes were compared and
discussed. � 2006 American Institute of Chemical Engineers AIChE J, 53: 249–261, 2007
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Introduction

In the foreseeable future, natural gas will continue to be gen-
erally regarded and preferred as the major feedstock for the
manufacture of hydrogen.1,2 CO2 capture and storage have
been recognized as a necessity with the growing concerns with
respect to global warming.3,4 For the capture of carbon dioxide,
it is not sufficient to consider only the amount of CO2 captured
because the CO2-capture process itself costs energy. For exam-
ple, an efficiency drop of 9% results from the CO2 capture with
an amine absorption/desorption unit at a gas-fired combined
cycle.4 The recovery of CO2 is largely hindered by the dilution
of the CO2 with nitrogen.4

For CO2 capture, reducing the efficiency penalties of various
capture technologies is very important. In this work, we evalu-
ate the CO2 capture based on steam-reforming processes pro-
ducing hydrogen from natural gas. The conventional steam-
reforming (CSR) process without CO2 capture, which is the
major process for converting natural gas to H2, is taken as the
basis process and other steam-reforming processes considering
CO2 capture as the alternative ones. The reactors of the pro-
cesses are simulated and analyzed based on the kinetic models
of the reactions available in the literature and the simulation
results provide a solid basis for the analysis. The CSR process
and the alternative processes are evaluated in terms of the ther-
modynamic efficiency, the amounts of high pressure (HP) H2

produced per mole of CH4, the amounts of CO2 produced per
mole of HP H2, and the amounts of CO2 captured. The dual
objectives of this work are (1) to determine how the efficiency
penalties for CO2 capture can be reduced more effectively and
(2) to give some suggestions on the future development of H2

production process with CO2 capture in consideration.

Correspondence concerning this article should be addressed to P. Ji at Jipj@
mail.buct.edu.cn.

� 2006 American Institute of Chemical Engineers

AIChE Journal January 2007 Vol. 53, No. 1 249



Process Description

The conventional steam-reforming process without CO2

capture (Process 1)

The scheme of the CSR process without CO2 capture is
shown in Figure 1. Through a conventional steam reformer
(SR), methane is converted by steam-reforming reaction to
syngas, which is a mixture of hydrogen, carbon monoxide,
and carbon dioxide. To decrease the temperature and increase
the ratio of H2O to CO, water is mixed with syngas in the
mixers (M2 and M3), after which the syngas is introduced
into the high-temperature water-gas-shift (HWGS) and low-
temperature water-gas-shift (LWGS) converters, by which
most of the CO in the syngas is converted to H2. The tempera-
ture of the stream from LWGS is adjusted to the operation
temperature of pressure swing adsorption (PSA) through a
heat exchanger HE1. Through the unit of PSA, 70–85% of the
total H2 produced can be recovered as pure hydrogen.5 Heat
recovery is considered in Process 1; for example, the rejected
gas mixture from the PSA is mixed with some fresh methane
and air in the mixer M4, after which the gas mixture is intro-
duced into the furnace of the steam reformer; the inlet CH4

and steam of the steam reformer are preheated in the heat
exchangers HE2 and HE3 by heat exchanging with the flue
gas from the furnace.

The CSR process with pure O2 input (Process 2)

Process 2 is shown in Figure 2. Similar to Process 1, Pro-
cess 2 also includes a conventional steam reformer, HWGS
and LWGS converters, and heat exchangers. The heat ex-
changers are used for heat recovery and preheating the inlet
reactants for the conventional steam reformer. Process 2 also
considers the reuse of the rejected fuel gas mixture by feeding

it to the furnace together with some fresh CH4. In contrast to
Process 1, Process 2 introduces pure O2 instead of air for the
combustion of fuel gas in the furnace and the combustion of
methane in the heater. In this way the CO2 in the flue gas can
be captured directly after the separation of water. The highly
concentrated CO2 is then compressed to 20 bar as a product of
high-pressure (HP) CO2.

The CSR process with hydrogen combusted (Process 3)

As shown in Figure 3, Process 3 has the same operation
units as described for Process 2. However, in Process 3, some
of the pure hydrogen produced instead of methane is burned
in the heater to heat up the fresh methane (as a reactant) and
in the furnace to provide the heat required by the steam-
reforming reaction. In Process 3, pure O2 instead of air is used
both in the furnace and in the heater to avoid dilution of the
CO2 by nitrogen. After separating water from the flue gas, the
CO2 is highly concentrated and then compressed as HP CO2.

The CSR process with a prereformer (Process 4)

The scheme of Process 4 is shown in Figure 4. Compared
to Process 1, Process 4 includes a prereformer, whereas the
other operation units such as HWGS and LWGS converters,
heat exchangers, and PSA have the same functions as
described for Process 1. In the unit of the prereformer, the
rejected fuel gas mixture from the PSA together with pure O2

are introduced into Furnace A to provide heat for the reform-
ing reaction, and thus dilution of CO2 is avoided. Through the
prereformer, the methane is partly converted and the gener-
ated gas mixture containing CH4, H2, CO2, and CO is then
introduced into the steam reformer, where CH4 is further con-
verted. In Furnace B, some pure H2 from the PSA is burned
with air to provide the heat required by the steam reforming

Figure 1. Scheme of the CSR process without CO2 capture (Process 1).

HE: heat exchanger; M: mixer; S: separator.
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of CH4. In Furnace B, pure H2 is burned and no CO2 is pro-
duced. Because of feeding pure O2, Furnace A releases highly
concentrated CO2, which can be compressed as the product of
HP CO2.

The H2 membrane steam-reforming (MSR) process
without CO2 capture (Process 5)

Process 5 (Figure 5) is a process with an H2-membrane
steam reformer. The hydrogen formed in the H2-membrane

steam reformer is separated out through the H2-membrane
when the reactions take place. The removal of hydrogen can
promote the conversion of methane. Because the H2-mem-
brane steam reformer combines the functions of producing
and separating H2 together, Process 5 does not need water-
gas-shift converters and the PSA unit. Therefore, Process 5 is
much more simplified compared to the pure H2 production
processes with a conventional steam reformer. In the H2-mem-
brane steam reformer, because the permeation of H2 is driven
by the difference in the H2 partial pressure, to maintain a

Figure 3. Scheme of the CSR process with an H2 fired furnace (Process 3).

HE: heat exchanger; M: mixer; S: separator.

Figure 2. Scheme of the CSR process with pure O2 input (Process 2).

HE: heat exchanger; M: mixer; S: separator.
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Figure 4. Scheme of the CSR process with a prereformer (Process 4).

HE: heat exchanger; M: mixer; S: separator.

Figure 5. The scheme of the H2 MSR process without CO2 capture (Process 5).

HE: heat exchanger; S: separator.
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Figure 6. Scheme of the H2 MSR process with pure O2 input (Process 6).

HE: heat exchanger; S: separator.

Figure 7. Scheme of the H2 MSR process with an H2 fired furnace (Process 7).

HE: heat exchanger; S: separator.

AIChE Journal January 2007 Vol. 53, No. 1 Published on behalf of the AIChE DOI 10.1002/aic 253



lower partial pressure in the permeate side, steam is used as
the sweeping gas.

For heat recovery, heat exchangers are used to heat up the
reactants or the sweeping gas. Together with some fresh meth-
ane, the fuel gas mixture containing unconverted CH4, CO,
and unseparated H2 from the reformer is reused. In the furnace
and the heater, the fuel gas mixture is combusted with air.
The CO2 produced by Process 5 is not captured because of the
low concentration of CO2 in the flue gas.

The H2 MSR process with pure O2 input (Process 6)

Similar to Process 5, Process 6 (Figure 6) is a process with
an H2-membrane steam reformer. Compared to Process 5, Pro-
cess 6 considers the CO2 capture by introducing pure O2

instead of air into the furnace and heater. The heat recovery is
accomplished through heat exchanging and reuse of the
rejected fuel gas mixture from the H2-membrane steam re-
former. After separating water from the flue gas, the highly
concentrated CO2 is obtained and compressed to 20 bar as the
product of HP-CO2.

The H2 MSR process with an H2-fired
furnace (Process 7)

With a process structure similar to that of Process 5, Pro-
cess 7 (Figure 7) makes use of part of the pure hydrogen

produced for the combustion with pure O2 in the furnace
and in the heater. The heat exchangers have the same func-
tion as that in processes 5 and 6. The rejected fuel gas mix-
ture from the H2-membrane steam reformer is reused in the
furnace. Because of the use of pure O2 for the combustion,
the flue gas contains highly concentrated CO2 after the
water separation, and then the CO2 is compressed to 20 bar
as HP CO2.

The H2 MSR process with a prereformer
(Process 8)

As shown in Figure 8, Process 8 contains a prereformer and
an H2-membrane steam reformer. Methane is partly converted
in the prereformer and further (more completely) converted in
the H2-membrane steam reformer. The rejected gas mixture
from the H2-membrane steam reformer, containing uncon-
verted CH4, CO, and unseparated H2, is fed into Furnace A to
combust with pure O2. In Furnace B and the heater, part of
the pure H2 produced is burned with air to provide the heat
required by the steam-reforming reaction or to heat up the
reactants. Because H2 is combusted with pure O2, the flue gas
from Furnace B and the heater do not contain CO2. Because
of the feeding of pure O2, Furnace A releases highly concen-
trated CO2 (after condensing water), which is then compressed
as HP CO2.

Figure 8. Scheme of the H2 MSR process with a prereformer (Process 8).

HE: heat exchanger; S: separator.
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Simulation Work

Definition of boundary conditions

For simulating the processes, the following boundary condi-
tions are defined:

The CH4 input into the processes is at 15 bar and 298 K;
water and air input into the processes are at atmospheric con-
ditions.

The pure H2 produced and the CO2 captured are com-
pressed to 20 bar as product and by-product, respectively.

For the conventional SR and the H2-membrane SR, the inlet
temperature, the inlet pressure, and the inlet ratio of steam to
methane in the reaction side are 800 K, 15 bar, and 3:1,
respectively.

For the steam reformer, no coke deposition is assumed.6

For the H2-membrane SR, the pressure of the permeate side
is set to 1 bar.

The pressure drop of the gas mixture along the processes is
neglected.

Methane conversion of 95% is set for the conventional SR
and the H2-membrane SR.

The inlet temperatures of the HWGS and LWGS reactors
are set to 720 and 480 K, respectively.

Electricity is assumed to be produced from CH4 with a ther-
modynamic efficiency of 50%.7

20% of heat loss is assumed in the heat exchangers.

Simulation of the steam reformers

Kinetic Models for Steam Reforming of Methane. For the
steam reforming of methane over a nickel-supported catalyst,
Xu and Froment8 suggested two main reactions for methane
steam reforming together with a water-gas-shift reaction, and
they developed the corresponding kinetic rate equations,
which are listed in Table1. The kinetic models developed by
Xu and Froment have been widely adopted for the simulation
of this process.9

The kinetics of the steam-reforming reactions to CO and
CO2 and the kinetics of the water-gas-shift reaction suggested
by Xu and Froment are also adopted for the simulation of the
steam reformers in this work. Both the rate equations and the

kinetic parameters needed in the calculations of the reaction
rate are summarized in Tables 1–3.

Simulation Models for the Conventional Steam Reformer and
the Prereformer. For the simulation of the conventional steam
reformer and the prereformer, a one-dimensional steady-state
heterogeneous model is adopted. The transport mechanism in
the axial direction is considered to be of the plug-flow type.
The influence of intraparticle concentration gradients within
the catalyst pellet is taken into account by solving the solid-
phase continuity equation at each increment along the fixed
bed reactor coordinate. The gas-phase continuity equation,
energy equation, and solid-phase continuity equation are pre-
sented in Table 4; the corresponding inlet and boundary condi-
tions are also listed. In the reactor models, the subscript i repre-
sents the reaction gas species, that is, CH4, H2O, CO, H2, and
CO2. U1 [227 J/(m2�s�K)] represents the total heat transfer coef-
ficient between the reaction region and the furnace in the steam
reformer.10 The temperature of the furnace is assumed to be
constant along the reactor’s axial coordinate.11

In the solid-phase continuity equation, the effective diffusiv-
ity of component i is related to the molecular and Knudsen dif-
fusivities. The effective diffusivities are calculated according to
the method in the literature.12 The physical chemical properties
Cpi,

13 equilibrium constants,14 and diffusivities15 are considered
to be temperature dependent. For a multicomponent mixture,

Table 2. Parameter Values for the Expression kk = k0k
exp(–Ea,k/RT) for the Reaction Rate Constant

Reaction k0k [mol/(kgcal � s)] Ea,k (J/mol)

1) k1 1.17 � 1015 bar0.5 240.1 � 103

2) k2 5.43 � 105 bar�1 67.13 � 103

3) k3 2.83 � 1014 bar0.5 243.9 � 103

Table 3. Parameters for the Expression
Ki = K;

i exp(–DHads,i/RT) for the Adsorption Coefficients

Adsorption
Coefficient K0

i DHads,i (kJ/mol)

KCH4
6.65 � 10�4 bar�1 �38.28

KCO 8.23 � 10�5 bar�1 �70.65
KH2

6.12 � 10�9 bar�1 �82.90
KH2O

1.77 � 105 88.68

Table 4. Simulation Models for the Conventional Steam
Reformer and the Prereformer

Gas-phase continuity equation

dFi
dz

¼ PNR

k¼1

ZkuikRkð1� eBÞrSRs ar

Gas-phase energy equation

dTSR
r

dz
¼ rSRs ð1�eBÞar

PNR

k
ð�DHkZkRkÞ�qfurnaceP5

i¼1
FiCPi

qfurnace ¼ U1aw (TSRr � TSRFurnace)

Solid-phase equations for calculating the effectiveness factors

1
x2

d
dx De:ix

2 dps:i
dx

� �
¼ 10�5RTrSRs r2s

PNR

k¼1

ðuikRs:kÞ

an
De:i

rs

dps:i
dx

����
x¼1

¼ 10�5RT
PNR

k¼1ðZkuikRkÞ

Solid-phase boundary conditions

x ¼ 0; dps:i
dx ¼ 0

Gas-phase boundary conditions

z ¼ 0, Fi ¼ Fi|z ¼ 0, T ¼ Tin

Table 1. Reaction Rate for the Reactions
in the Steam Reformers

Reaction Kinetics of Reaction

1) CH4 þ H2O () CO þ 3H2 R1 ¼
ðk1=p2:5H2

ÞðpCH4 pH2O�p3
H2

pCO=Keq1Þ
DEN2

2) CO þ H2O () CO2 þ H2 R2 ¼ ðk2=pH2 ÞðpCOpH2O�pH2 pCO2 =Keq2Þ
DEN2

3) CH4 þ 2H2O () CO2 þ 4H2 R3 ¼
ðk3=p3:5H2

ÞðpCH4 p2H2O�p4
H2

pCO2 =Keq3Þ
DEN2

Note: DEN ¼ 1 þ KCO pCO þ KH2
pH2

þ KCH4
pCH4

þ KH2O
pH2O

/PH2
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molecular diffusion is generally described by the Stefan–Max-
well approach. However, minor differences in concentration
profiles calculated were observed between the Stefan–Maxwell
approach and the binary diffusion approach.16 Because of the
small differences in diffusion coefficient of the different prod-
ucts and reactants, in this work, Fick’s law is used to describe
the molecular diffusion in the catalyst particle.

The model for a conventional steam reformer consists of a
set of differential equations. The equations are solved at each
increment of the axial reactor’s coordinate. In each reactor in-
crement, the solid-phase equation is solved first before the cal-
culation of gas-phase equations. To solve the solid-phase
equation, the pellet catalyst particle is normally divided into
10 to 20 shells. The number of shells needed depends on its
effect on the final calculation results. For each shell, the
steady-state differential solid-phase equation can be expressed
in the form of difference equations represented by the intra-
particle partial pressures of different species according to the
mass balance of each shell. The mole change of each compo-
nent caused by diffusion through the shell, Diffusion|A1

�
Diffusion|A2

, is equal to the mole change caused by the reac-
tions taking place inside the shell and is expressed as

De:iA1

���� dps:idx

����
A1

� De:iA2

���� dps:idx

����
A2

¼ 10�5RTRS:KrSRs dV (1)

where A1 and A2 are areas.
Because of the partial pressure gradients of the species

inside the catalyst particle, effectiveness factors have to be
calculated and used to calculate actual reaction rates. The
effectiveness factors for the reactions are calculated by

Zk ¼
R n
0
RS;KrSRs dV

RKrSRs V
(2)

Figure 9a shows the intraparticle mole fractions for both reac-
tants and products as a function of the dimensionless pellet
coordinate x, when the dimensionless reactor axial coordinate
z is at 0.01. Figure 9b shows the intraparticle mole fractions
of CH4 as a function of dimensionless pellet coordinate, when

the dimensionless reactor axial coordinate z is at 0.01, 0.1,
and 0.5. As shown in Figure 9a, near the entrance of the reac-
tor (z at 0.01), for both the reactants and the products, there
are significant intraparticle mole-fraction gradients, when x is
>0.4. With the increase of the reactor’s axial coordinate, the
gradient of intraparticle mole fraction of CH4 becomes less pro-
nounced as a result of consumption of the reactants and increase
of the products, as indicated in Figure 9b. The calculated effec-
tiveness factors are plotted as a function of the reactor’s axial
coordinate, as shown in Figure 10. For the two main reactions
of methane steam reforming and the reaction of water-gas shift,
the effectiveness factors decrease along the reactor’s axial coor-
dinate. The averaged effectiveness factors for the two main reac-
tions of methane steam reforming are <0.1.

Simulation model for the H2-membrane steam reformer

The equations of gas-phase continuity, energy, and solid-
phase continuity of the reaction side as well as the continuity
and energy equations of the nonreaction side for the H2-mem-

Figure 9. (a) Intraparticle mole fraction of reactant and product vs. dimensionless pellet coordinate, when the dimen-
sionless reactor axial coordinate z at 0.01. (b) Intraparticle mole fractions of CH4 vs. dimensionless pellet
coordinate, when the dimensionless reactor axial coordinate z at 0.01, 0.1, and 0.5, respectively.

Figure 10. Effectiveness factors vs. dimensionless reac-
tor axial coordinate for the conventional steam
reformer.
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brane steam reformer are presented in Table 5, in which the
corresponding initial and boundary conditions are also listed.
The energy equations take into account the heat of reaction, the
heat exchanged between the nonreaction side (permeate side)
and the reaction side, the heat exchanged between the furnace
and the reaction side, and the energy carried by the diffusing of
H2. U2 [2.4 J/(m2�s�K)] represents the total heat transfer coeffi-
cient between the reaction region and the nonreaction side in
the H2-membrane SR.10 Plug flow is assumed for both sides of
the membrane. The temperature of the furnace is assumed to be
constant along the reactor’s axial coordinate.

The permeability of hydrogen through the H2 permeable
membrane is calculated according to the following equation:

NH2
¼

Pm exp � EA

RT

� �
dH2

ffiffiffiffiffiffiffiffiffi
phighH2

q
�

ffiffiffiffiffiffiffiffi
plowH2

q� �
(3)

The apparent activation energy EA and the preexponential factor
Pm of the membrane are 29.73 kJ/mol and 7.71 � 10�4 mol �
m/(s � m2�bar0.5), respectively.17

In Eq. 3 T represents the operation temperature of the mem-
branes, which is equal to the average temperature of the two
sides of the membranes. pH2

high and pH2

low represent the higher
and lower partial pressures of H2 on the two sides of the mem-
branes, respectively.

Validity of the Models for the Steam Reformers. The sim-
ulation results for the conventional steam reformer and the
H2-membrane steam reformer were compared with the experi-
mental data from Shu et al.,11 with very good agreement, as
shown in Figure 11.

Simulation of the WGS reactors

Kinetic Models for the Water-Gas-Shift Reactions. For the
water-gas-shift reactions converting CO into H2 and CO2, two
classes of materials are used almost exclusively in industry as
shift catalysts: the iron-based catalysts and the copper-based cata-
lysts. The iron-based catalysts are the so-called high-temperature
shift catalysts, operating from about 320 to 4508C. Copper-based
shift catalysts have good activities at low temperatures with an
operation range of about 200 to 2508C. Therefore copper-based
shift catalysts are called low-temperature shift catalysts.

Bohlbro18 found that the following empirical rate expres-
sion of Eq. 4 provided fairly good accuracy for the water-gas-
shift reaction on an iron–chromium catalyst within the tem-
perature range of 330 to 5008C and at atmospheric pressure:

� rHWGS
CO ¼ kHWGSðpCOÞ0:90ðpH2OÞ0:25ðpCO2

Þ�0:60ð1� bÞ (4)

where b ¼ pCO2
pH2

/(pCOpH2O
Keq), k

HWGS ¼ k0
HWGS exp(�ea/

RT), ln k0
HWGS ¼ 16.68, and ea ¼ 114.6 kJ/mol.

Table 5. Simulation Models for the H2-Membrane SR

Reaction side

Gas-phase continuity equation

dFi
dz

¼ PNR

k¼1

ZkuikRkð1� eBÞrSRs ar � aH2
NH2

i

NH2
4 ¼ NH2

; NH2
i ¼ 0; i = 4

Gas-phase energy equation

dTSR
r

dz
¼ 1P5

i¼1
FiCPi

h
rSRs ð1� eBÞar

PNR

k

ð�DHkZkRkÞ � qfurnace � q1

i

qfurnace ¼ awU1 (T
SR
r � TSRFurnace); q1 ¼ U2aw (TSRr � TSRnr )

Solid-phase equations for calculating the effectiveness factors

1
x2

d
dx De:ix2

dps:i
dx

� �
¼ 10�5RTrSRs r2s

PNR

k¼1

ðuikRs:kÞ

an
De:i

rs

dps:i
dx

��
x¼1

¼ 10�5RT
PNR

k

ðZkuikRkÞ

Nonreaction side

Continuity equation

dGH2

dz
¼ aH2

NH2

Energy equation

dTSR
nr

dz
¼ 1P

j
GjCPj

½q1 þ aH2
NH2

DHH2
�

Solid-phase boundary conditions

x ¼ 0; dps:i
dx ¼ 0

Gas-phase boundary conditions

z ¼ 0, Fi ¼ Fi|z ¼ 0, T ¼ Tin

Figure 11. Comparison of the simulation results of this
work with the experimental data of Shu et al.11

in terms of methane conversions for the con-
ventional SR and the H2-membrane SR.

Table 6. Simulation Models for the High-Temperature
Water-Gas-Shift (HWGS) and Low-Temperature

Water-Gas-Shift (LWGS) Reactors

Continuity equation

dFCO
dz

¼ �arð1� eBÞrWGS
s ð�rWGS

CO Þ
dFH2
dz

¼ arð1� eBÞrWGS
s ð�rWGS

CO Þ
Energy equation

dTWGS

dz
¼ 1P

FiCPi

DHWGS arð1� eBÞð�rWGS
CO ÞrWGS

s
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At elevated pressures, the same type of rate expression of
Eq. 4 is valid: ln k increases in a linear fashion with ln P with
a slope of 0.65.

For the simulation of low-temperature water-gas-shift
(LWGS) reactors, the kinetic model of Amadeo19 was used in
this work, expressed in the following equation:

� rLWGS
CO ¼ 0:92e�454:3=T � pCOpH2Oð1� bÞ � c

ð1þ 2:2e101:5=TpCO þ 0:4e158:3=TpH2O

þ 0:0047e2737:9=TpCO2
þ 0:05e1596:1=TpH2

Þ2 ð5Þ

where c represents the effect of pressure: c ¼ 0.86 þ 0.14P
for P � 24.8 atm, and c ¼ 4.33 for P > 24.8 atm.

Simulation Models for the WGS Reactors. The simulation
models for the conventional HWGS reactor and LWGS reactor
are specified in Table 6. Plug flow has been assumed in the
reaction zone. The gas-phase continuity and energy equations
and the initial and boundary conditions are listed in Table 6.

Validity of the Models for the WGS Reactors. The simula-
tion results of the conventional HWGS and LWGS reactors
were compared with the available experimental18 or industrial
data20 in terms of the CO conversion or the exit gas composi-
tion, and very good agreement was attained. The comparison
results are shown in Tables 7 and 8, respectively.

Simulation of the furnace and heater

The furnace and heater, which are used to provide energy
for the steam-reforming reaction or heat up the reactants, are
simulated by solving the following equation:

DHheating

Zfh
þ DH

����T0Tfg þ DH

����TendT0
þ

X3
l¼1

Ffh
l DH

com
l ¼ 0 (6)

DHheating represents the heat required to heat up the reactants
or the energy required by the steam-reforming reactions. Zfl is
the heating efficiency of the furnace or heater. Fl

fh and DHcom
l

represent the molar flow rate and the heat from the combus-
tion of the combustible component l, including CH4, CO, and
H2, fed into the furnace at T0, respectively. DH|T0

Tend represents
the heat required to elevate the temperature of all after-com-
bustion species (CO2, H2O, and N2) from T0 to Tend. Tfg repre-
sents the temperature of the gas mixture before being intro-
duced into the furnace or the heater. DH|Tfg

T0 is the heat released
by the gas mixture when cooled down from Tfg to T0.

Simulation of the compressors

The electric power needed by the compressors is calculated
by assuming the thermodynamic efficiency of the compressor
Zcp as 50%, using the following equation21:

Wcp ¼ FlRT0
Zcp

ln
P

P0

(7)

Heat-exchanger simulation

Through energy balance, the heat exchangers are simulated
with a heat loss of 20% assumed.

Some definitions for process simulation

In Processes 1, 2, 3, and 4, the ratio of H2 recovery in the
PSA is defined as

sR ¼ FPSA
pure H2

FPSA
H2

(8)

where Fpure H2

PSA and FH2

PSA represent the molar flow rates of the
pure H2 separated through the PSA and the H2 fed into the
PSA, respectively. The H2 recovery ratio of 85% is adopted in
the simulations for Processes 1, 2, 3, and 4.

In Processes 5, 6, 7, and 8, the useful products from the H2-
membrane SR include the H2 and CO remaining in the reac-
tion region (FH2

R and FCO
R ) and the separated H2 (FH2

S ) in the
permeate side. The fraction of H2 recovered (on CO þ H2 ba-
sis) sF is defined by the following equation:

sF ¼ FS
H2

FS
H2

þ FR
CO þ FR

H2

(9)

The fraction of H2 recovered of 85% is adopted in the simula-
tions of Processes 5, 6, 7, and 8.

The thermodynamic efficiency ZEx is an important parame-
ter for an integrated process.22,23 The overall exergy efficiency
for each process, defined as the exergy of the products over
the total exergy input, is expressed as

ZEx ¼
ExHPH2

þ ExHPCO2

Exinput þWCH4
cp

(10)

Table 7. Comparison of the Simulation Results with the Experimental Data for the HWGS Reactor*

Feed (mol/h)

Feed Gas Composition (%) Conversion (%)

CO CO2 H2 N2 H2O Simulation Experiment

2.279 50.7 0 0.38 22.9 26.0 7.1 7.0
2.254 48.4 0 0.37 4.4 46.8 8.3 8.0
2.317 47.6 0 0.36 18.4 33.6 7.4 7.6
2.296 50.2 0 0.38 42.7 6.7 5.6 5.4

*Adapted from Bohlbro.18 Operation conditions: atmosphere; input temperature, 608 K; amount of catalyst, 3.00 g.

Table 8. Comparison of the Simulation Results with the
Industrial Observed Values for the LWGS Reactor*

Exit Gas Composition (%)

Industrial Data Simulation

H2 77.42 77.43
CO 0.43 0.34
CO2 20.36 20.48
CH4 1.79 1.75
Exit T (K) 505 502

*Adapted from González-Velasco et al.20 Operation conditions: P, 17 �
105 Pa; input T, 480 K; steam feed flow, 0.208 mol/s; dry gas feed flow,
0.339 mol/s; composition of dry gas (%) of H2/CO/CO2/CH4, 76.8/3.2/18.2/
1.8.
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Exinput includes the exergy of the reactants, the exergy of the
CH4 fed into the furnace, and the exergy consumed for pure
O2 production. The standards for the exergy calculations are
based on the data presented in Szargut et al.21 WCP represents
the exergy consumption by the compressors, which is calcu-
lated based on the assumption that the thermodynamic effi-
ciency of producing electricity from CH4 is 50%. ExHPH2

and
ExHPCO2

are the exergy of the pure H2 and the captured CO2

at 20 bar, respectively.

Results and Discussion

The simulated mole flow rates and the temperatures of the
streams in each process are indicated as shown in Figures 1–
8. For Processes 1–4, the mole fractions of different species
of the streams feeding into and leaving the major units are
listed in Table 9. And the mole fractions of different species
in the rejected fuel gas mixture of the H2-membrane SR are
listed in Table 10.

Based on the simulation results, the input and output exergies
of the eight processes are calculated and listed in Table 11.
The thermodynamic efficiency, the amount of high pressure
(HP) H2 produced per mole of methane, the amount of CO2

produced per mole of HP H2, and the amount of CO2 cap-
tured per mole of HP H2 for the eight processes are listed in
Table 11.

Among the eight processes, Processes 1 and 5 do not con-
sider the CO2 capture. The thermodynamic efficiency and the
amount of HP H2 (based on per mole of methane) of Process
5 is about 4 and 6% higher than those of Process 1, respec-
tively. The advantage of Process 5 over Process 1 is mainly
attributable to the application of an H2-membrane. For the H2-
membrane steam reformer, the driving force for methane con-
version not only comes from the energy provided by the CH4

combustion in the furnace, but also comes from the removal
of H2 through the H2-membrane. As indicated in Figures 1
and 5, to achieve a CH4 conversion level of 95%, the tempera-
ture of the furnace of the conventional SR must reach 1178 K,
which is >200 K higher than that of the H2-membrane SR
(about 960 K). To attain the higher operation temperature,
more CH4 is combusted in the furnace of the conventional SR,
and thus the thermodynamic efficiency of Process 1 (about
70%) is lower than that of Process 5 (about 74%).

Based on Process 1, the alternative Processes 2, 3, and 4
consider CO2 capture. In Process 2, because pure oxygen is
used in the furnace and heater, the CO2 in the flue gas can be
captured after the water is condensed and separated. The
input exergy of pure O2, which reflects the exergy cost for
the production of pure oxygen (the cumulative exergy con-
sumption of pure O2 is 237 kJ/mol),21 accounts for roughly

15% of the total input exergy. With the same amount of HP
H2 produced per mole of CH4 (2.66 molH2

/molCH4
), Process

2 has a thermodynamic efficiency drop of about 8% com-
pared to that of Process 1.

In Processes 3 and 4, some separated H2 is used as the fuel
in the furnaces and in the heater. For Process 3, the exergy
for pure O2 production accounts for nearly 16% of the total
input exergy. Because of the lower production of HP H2 and
the energy consumption for producing pure O2, Process 3
has a thermodynamic efficiency drop of about 12% compared
to that of Process 1. In Process 4, the steam reformer has an
H2-fired furnace; thus pure O2 is used only in the furnace of
the prereformer, so the input exergy of pure O2 is lower than
that of Processes 2 and 3. The thermodynamic efficiency of
Process 4 is roughly 8% lower than that of Process 1. Proc-
esses 3 and 4 produce less HP H2 (based on one mole of
CH4) and more CO2 (based on one mole of HP H2) compared
to Process 1.

Based on Process 5, the alternative Processes 6, 7, and 8
take into account the CO2 capture. For the comparable pro-
duction of HP H2 and CO2 based on one mole of CH4, Process
6 has a decrease of about 8% in thermodynamic efficiency
compared to that of Process 5, which is mainly caused by the
use of pure O2. Process 7 has depreciations of roughly 10% in
thermodynamic efficiency and roughly 2% in the production
of HP H2 (based on one mole of CH4) compared to those of
Process 5, because of the use of pure O2 and the combustion
of some separated H2 in the furnace and the heater. In Process
8, the pure O2 is used only in the prereformer, so the exergy
cost for pure O2 production is much lower than that of Proc-
esses 6 and 7. The thermodynamic efficiency of Process 8 is
68.3%, which is about 2% lower than that of Process 1 and
about 6% lower than that of Process 5.

The H2-membrane SR can achieve a given methane conver-
sion with less fuel combusted in the furnace, so the processes
with an H2-membrane SR produce less CO2 (based on one
mole of HP H2) than the processes with a conventional SR.
Because of the advantages of an H2-membrane SR and a
lesser amount of pure O2 used, Process 8 has the highest over-
all thermodynamic efficiency among the six processes with
respect to CO2 capture. Compared to Process 1, Process 8 has
more hydrogen produced per amount of methane and a lower
exergy lost.

Table 9. Mole Fractions of Different Species in the Streams of Major Units in Processes 1–4

Component

Mole Fraction

SRout HWGSin HWGSout LWGSin LWGSout PSAin Gas Mixture*

CH4 0.01 0.01 0.01 0.01 0.01 0.01 0.03
H2O 0.30 0.44 0.38 0.49 0.46 0.01 0.02
CO 0.11 0.09 0.03 0.02 9.E�4 2.E�3 0.01
H2 0.53 0.42 0.48 0.40 0.43 0.79 0.35
CO2 0.05 0.04 0.10 0.08 0.10 0.19 0.59

*Out of PSA.

Table 10. Mole Fractions of Different Species in the Rejected
Gas Mixture in Processes 5–8

CH4 H2O CO H2 CO2

0.02 0.48 0.06 0.15 0.29
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Conclusions

The conventional steam-reforming process is taken as the
basis for the alternative processes with respect to CO2 capture.
The captured CO2 has a high purity and can be taken as a
product. The adopted approaches include inputting pure oxy-
gen instead of air into the furnaces and heaters, using some
pure H2 produced instead of CH4 as the fuel, applying a prere-
former to reduce the usage of pure oxygen, and applying an
H2-membrane to the steam reformer, combining the functions
of producing and separating H2 together. The processes were
simulated based on the kinetic models of steam-reforming
reactions and the permeation mechanism of hydrogen mem-
brane. The processes were analyzed in terms of the thermody-
namic efficiency, the production of high-pressure (HP) H2 per
mole of CH4, the production of CO2 per mole of HP H2, and
the CO2 captured per mol of HP H2. With the application of a
prereformer to reduce the pure oxygen required and the appli-
cation of an H2-membrane steam reformer, Process 8 has the
smallest efficiency penalty for CO2 capture among the six
processes with respect to CO2 capture, even if some of the
separated H2 is combusted. So, for industrial application, we
suggest that a process such as Process 8 can be considered as
the potentially optimum method for CO2 capture.
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Notation

ar ¼ cross-sectional area of reactor, m2

aH2
¼ H2 membrane area per unit reactor length, m2/m

av ¼ area of particle per unit mass of catalyst, m2/kg
aw ¼ area of the wall between reaction tube and the parallel fur-

nace of the reformer, m2/m
A1 ¼ area in Eq. 1
A2 ¼ area in Eq. 1
Cp ¼ heat capacity, J/(mol�K)

De,f ¼ effective diffusion coefficient of species i in catalyst pellet,
m2/s

EA ¼ apparent activation energy of H2 membrane, J/mol
Ea,k ¼ activation energy of reaction k, J/mol
Ex ¼ exergy flow rate, J/s
Ft ¼ total molar flow rate of i, mol/s
Fi ¼ molar flow rate of i, mol/s

FH2

S ¼ production rate of separated H2, mol/s
FH2

R ¼ molar flow rate of remaining H2 in the rejected fuel gas
from H2 membrane reactor, mol/s

FCO
R ¼ molar flow rate of CO in the rejected fuel gas from H2

membrane reactor, mol/s
Fl
fh ¼ molar flow rate of combustible component l in the waste

gas, mol/s
GH2

¼ molar flow rate of H2 in the nonreaction side, mol/s
Gj ¼ molar flow rate of component j in the nonreaction side, mol/

s
Keq ¼ equilibrium constant

kHWGS ¼ reaction rate constant of WGS reaction in HWGS reactor,
mol/(kgcat � s)

k0
HWGS ¼ preexponential factor for reaction rate constant kHWGS

Ki ¼ adsorption constant of species i
Ki

0 ¼ preexponential factor for adsorption parameters
kk ¼ reaction rate constant of reaction k
kk
0 ¼ preexponential factor for reaction rate, mol/(kgcat�s)

NH2
¼ permeation rate through the H2 membrane, mol/(m2�s)

Ni
H2 ¼ component i permeation rate through H2 membrane, mol/

(m2�s)
NR ¼ number of reactions
Pm ¼ preexponential factor of the H2 membrane, mol�m/

(s�m2�bar0.5)
ps,i ¼ partial pressure of species i in catalyst particle, bar
pi ¼ partial pressure of species i in the gas phase, bar

pH2

high ¼ partial pressure of i in the reaction side, bar
pH2

low ¼ partial pressure of H2 in the nonreaction side, bar
q ¼ the heat flux between the reaction side and the nonreaction

side, J/(s�m)
R ¼ gas constant, J/(mol�K)

�rCO ¼ the reaction rate in the WGS reactors, mol/(kgcat�s)
Rk ¼ rate of reaction k in the main stream of the steam reformers,

calculated with pi, mol/(kgcal�s)
rs ¼ equivalent radius of the catalyst particle, m

Rs,k ¼ rate of reaction k inside the catalyst particle, calculated with
ps,i, mol/(kgcat�s)

T ¼ absolute temperature, K
Tfg ¼ temperature of rejected fuel gas, K

Tfurnace ¼ temperature of parallel furnace of a steam reformer, K
Tnr ¼ temperature in the nonreaction side of the membrane steam

reformer, K
Tr ¼ temperature in the reaction side of the steam reformers, K
T ¼ average temperature of the membranes, K

Table 11. Comparison of the Eight Processes*

Parameter

Process

1 2 3 4 5 6 7 8

Ein
x (kJ/s)
Natural gas 1033.5 1034.3 853.2 853.2 977.3 983.2 853.2 853.2
Pure O2 0 196.5 178.9 92.6 0 167.3 150.7 92.8
Water pump 1.5 1.6 1.6 1.7 0.1 0.1 0.1 0.1
H2 compressor 68.6 68.6 53.2 53.0 64.6 64.6 58.4 58.4
CO2 compressor 26.0 26.0 21.2 21.2 0 24.5 21.2 21.2
Air compressor 19.0 0 0 0 16.0 0 0 0

Eout
x (kJ/s)
HP H2 787.9 787.9 613.4 610.3 787.9 787.9 671.9 671.9
HP CO2 0 34.2 28.2 28.2 0 32.4 28.2 28.2

Energy lost (kJ/s) 360.7 504.8 466.5 383.2 270.1 419.4 383.5 325.6
HP H2 produced per mole CH4 (molH2

/ molCH4
) 2.66 2.66 2.52 2.50 2.82 2.80 2.76 2.76

CO2 produced per mole HP H2 (molCO2
/ molH2

) 0.38 0.38 0.40 0.40 0.36 0.36 0.36 0.36
CO2 captured per mole HP H2 (mol CO2 captured/ mol H2) 0 0.38 0.40 0.40 0 0.36 0.36 0.36
Thermodynamic efficiency (%) 70.2 61.9 57.9 62.5 74.5 66.2 64.6 68.3

*Ein
x : exergy input; Eout

x : exergy output. The Ein
x of natural gas includes the CH4 as the reactant and the CH4 as the fuel.
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T0 ¼ temperature of the environment, 298.15 K
U ¼ heat transfer coefficient, J/(m2�s�K)

WCP ¼ electric power used for compression, J/s
z ¼ axial coordinate of the reactors, m

Greek letters

eB ¼ void fraction of packing
dH2

¼ the thickness of the membrane layer, m
s ¼ fraction of H2 recovered (on CO þ H2 basis)

Zcp ¼ the exergy efficiency of compressor
Zfhp ¼ efficiency of furnace or heater
ZEx ¼ overall exergy efficiency
Zk ¼ effectiveness factor of reaction k
nik ¼ stoichiometric coefficient of component i of reaction k
rs ¼ density of catalyst, kg/m3

x ¼ dimensionless pellet coordinate
c ¼ the variable accounting the effect of P and diffusion into the

catalytic slab
DHads,i ¼ standard adsorption enthalpy of component i, kJ/mol
DHH2

¼ the heat transferred by permeating H2 from the reaction side
to the nonreaction side, J/mol

DHheating ¼ the heat required by heating the reactants, J/s
DHk ¼ the heat of reaction k, J/mol

DHl
com ¼ the combustion heat of component l, J/mol

DHWGS ¼ the heat of WGS reaction, J/mol
DHTfg

T0 ¼ the heat of fuel gas from Tfg to T0, J/s

DHTend
T0

¼ the heat of flue gas from T0 to Tend, J/s
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20. González-Velasco JR, Gutiérrez-Ortiz MA, González-Marcos JA,
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